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ARTICLE INFO ABSTRACT
Keywords: Inland desalination with reverse osmosis (RO) offers a promising alternative to increase potable water resources.
Concentrate management However, large volumes of concentrated brine are generated as a byproduct of the process. Concentrate disposal

Membrane distillation
Inland desalination
Resource recovery
Techno-economic assessment

for inland regions displaces valuable water resources and can make up to 33 % of the total cost of desalination.
Conventional disposal systems are limited by location, hydrogeology, climate, and policies, and few place value
on resource recovery, thus limiting the implementation of desalination facilities in water-stressed regions.
Membrane distillation (MD) is an alternative technology that can minimize disposal volume while maximizing
water recovery for beneficial reuse. MD uses thermal energy gradients to desalinate the concentrate stream
achieving near zero-liquid discharge. Furthermore, several MD configurations include heat recovery, making MD
an energy-efficient alternative. A techno-economic assessment (TEA) of air-gap MD (AGMD) for RO concentrate
management was performed and compared to three conventional concentrate management systems: evaporation
ponds, deep-well injection (DWI), and concentration-crystallization. TEA results indicate that compared to DWI
at 1.09$/m°, evaporation ponds at 1.47 $/m3 and concentrators at 6.2$/m°, respectively, AGMD is a
competitive concentrate management technology producing water at 0.90 $/m> when operating conditions are
optimized and low-grade heat is available. When operating at high salinity (>70 g/L) the selection of operating
conditions, specifically module length and circulating flowrate, is critical. Results of this study support the
economic viability of AGMD in contrast to current industry standards and highlight the importance of resource
recovery to promote a circular water-energy economy for regions relying on reuse and desalination.
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Nomenclature MD Membrane Distillation
MGD Million Gallons per Day
AGMD  Air Gap Membrane Distillation o&M Operation and Maintenance
AOP Advanced Oxidation Process PFTE Polytetrafluoroethylene
CAPEX Capital Expenditure PGMD  Permeate gap membrane distillation
DCMD  Direct Contact Membrane Distillation RO Reverse Osmosis
DI Deionized Water ROI Return on Investment
DWI Deep Well Injection STEC Specific Thermal Energy Consumption
GOR Gained Output Ratio TDS Total Dissolved Solids
GPM Gallons Per Minute TEA Techno-Economic Assessment
HX Heat Exchanger us United States

LCCD Levelized Cost of Concentrate Disposal
LCOW  Levelized Cost of Water
LGH Low Grade Heat

UsSD United States Dollar
VMD Vacuum Membrane Distillation
ZLD Zero Liquid Discharge

1. Introduction

Concentrate disposal for inland regions can represent up to 33 % of
the total cost of desalination, which constrains the implementation of
inland desalination [1-4]. Typical recoveries for RO range from 50 to
80 % to maintain desired recovery and rejection, thus producing large
volumes of concentrate rich in dissolved solids, organic matter, and
pathogens to be managed [5,6]. In the U.S., the most widely used
concentrate management systems include seawater or surface water
discharge (45 %), sewer discharge (25 %), deep well injection (DWI,
17 %), land applications (7 %), evaporation ponds (4 %), and zero liquid
discharge (ZLD, 1 %) [7].

Conventional inland concentrate management technologies are
limited by location, hydrogeology, climate, and policies, and few place
value on resource recovery, thus limiting the implementation of desa-
lination facilities in water-stressed regions [2,8,9]. Although evapora-
tion ponds are easy to construct and require low operation and
maintenance, they are often limited to arid and semi-arid regions with
high evaporation rates and low concentrate volumes [9-13]. DWI is
primarily used for larger disposal volumes; however, their application is
limited by potential contamination of groundwater and mineral re-
sources, vulnerability to earthquakes, clogging and corrosion, public
perception, and stringent regulations [9,12,14]. Additionally, evapora-
tion ponds and injection wells take a disposal approach that does not
place value on recovered resources. Thus, current research efforts focus
on systems that move towards low energy and cost-effective near ZLD
[15,16].

Conventional ZLD systems are often a combination of mechanical
evaporators or concentrators, crystallizers, and solar evaporation
[12,17-19]. In addition to their modularity and relatively small foot-
print, concentrator-crystallizer advantages include the ability to operate
with high salinity streams, produce high purity water (<0.01 g/L TDS),
and minimized waste [20]. However, concentrator-crystallizer systems
have high energy requirements and capital investment [17].

In recent years, modular membrane-based technologies such as
electrodialysis (ED), forward osmosis (FO), and membrane distillation
(MD) have emerged as alternatives to conventional ZLD. However, ED
has high energy requirements, removes only charged constituents, and is
limited to concentrate salinities nearing 100-150 g/L [18,21,22]. FO
and MD have salinity limits over 200 g/L [18,23,24]. However, the
driving force in FO is limited when operating with high salinity streams,
and the need to replenish the draw solution because of reverse solute
permeation is an economic barrier [18,23,25,26]. MD has emerged as a
promising energy-efficient technology for concentrate management
because, compared to other membrane processes, it is not limited by
high operating pressures (RO and nanofiltration), applied voltage (ED),
and osmotic pressure gradients (FO) [27]. Furthermore, past studies
have demonstrated that MD can concentrate hypersaline streams such as

RO concentrate to near supersaturation while producing high-quality
distillate, thus minimizing the volume of concentrate to dispose of
[24,28-34].

Common MD configurations include direct contact MD (DCMD),
permeate gap MD (PGMD), vacuum MD (VMD), and air gap MD (AGMD)
[35]. Selection of MD configuration depends on the desired application,
energy availability, and feed properties. PGMD requires a permeate
recirculation system to maintain a constant temperature difference
across the membrane. Additionally, permeate recirculation can be more
energy intensive and increase fouling risks because of accumulation of
impurities in the gap [35,36]. In VMD, the permeate side pressure is
lowered via a vacuum, thus increasing the partial vapor pressure dif-
ference or driving force across the membrane; however, an external
condenser is needed [36]. DCMD and AGMD have been studied for scale-
up applications and are often preferred to VMD and PGMD because of
their simplicity [29,35,37-43]. However, DCMD has higher conductive
heat losses than AGMD because of the air gap acting as insulation [44],
requiring the addition of external heat exchangers for scale-up appli-
cations [35,45,46]. Thus, AGMD has emerged as a promising configu-
ration for full-scale applications because of its minimized conductive
heat loss, low energy consumption, and internal heat recovery and po-
tential to use low-grade heat (LGH) to drive the process
[24,35,37,41,45,47-50].

In AGMD, a microporous membrane is in contact with a highly
concentrated feed stream at an elevated temperature and a cooler
condensing plate separated by an air gap (Fig. 1). The inlet condensing
stream enters the condensing side of the membrane and is preheated
along the length of the membrane before exiting the module to a heat
exchanger. The preheated condensing stream is further heated via the
heat exchanger and passed through the opposite side of the membrane
producing a partial vapor pressure gradient that drives water vapor flux.
Because theoretically only water vapor diffuses through the membrane
pores, a high-quality distillate is produced.

Research efforts for scale-up of MD often focus on improving water
production, energy efficiency, and mitigation of fouling and scaling via
pre-treatment (i.e., ozonation, foam fractionation, air microbubbles,
granular activated carbon, and chemical softening) [51-56]. Addition-
ally, the technical efficacy of MD for concentrate management at the
bench and pilot-scale has been demonstrated [28,29,33,45,57-60].
However, MD has received minimal attention in techno-economic
studies when comparing its scale-up feasibility and cost competitive-
ness to conventional technologies for managing concentrate streams
[49,60-63]. Previous studies have explored the economic feasibility of
AGMD and water gap MD’s (WGMD) to conventional desalination pro-
cesses for various energy sources at a fixed salinity and operating con-
ditions [64]. However, inland reuse and desalination have a wide range
of salinity for feed and concentrate streams, which can have a significant
effect on the cost of water production/concentrate disposal and
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Fig. 1. System schematic for an AGMD System. In this configuration, the
microporous membrane can be hydrophobic or omniphobic. In this energeti-
cally efficient AGMD configuration, the condensing stream is preheated along
the length of the condensing side of the MD module before heated to the set
temperature with an external temperature source and circulated on the feed
side of the membrane module.

therefore should be explored. Additionally, pilot-scale studies deter-
mined that module length, circulating flowrates and salinity range have
a large impact AGMD energy efficiency and water production
[45,65-68]. Hardikar et al. concluded that there is a specific operating
flow rate to minimize the specific energy consumption for different sa-
linities [58]. Because of the low transmembrane temperature differences
and thus lower driving forces at the pilot-scale, operating conditions (i.
e., flow rate, applied vacuum, and temperature difference) must be
adjusted to achieve positive water flux [45,58,68-70]. Furthermore,
although operating with shorter module lengths results in higher driving
forces, longer module lengths is more energetically favorable [45,65].
Therefore, further investigation on the relationship between AGMD
operating conditions (i.e., module length, salinity, flow rates) is critical
for the advancement of MD as a technical and economic alternative to
concentrate management.

The objective of this research is to fill this research gap by per-
forming a comparative techno-economic assessment (TEA) of AGMD
against conventional concentrate management systems, including
evaporation ponds, DWI, and brine concentrator-crystallizers. An AGMD
cost model is developed using cost correlations and an existing mecha-
nistic model validated with pilot-scale experimental data [45,71]. The
impact of select operating conditions including feed salinities, circu-
lating flow rates, module lengths, and energy sources on AGMD system
performance, energetics, and costs are evaluated. Sensitivity analyses
are performed on each concentrate management system to evaluate how
select operating conditions and major cost-contributing components
impact system energetics and the levelized cost of water production
(LCOW) or concentrate disposal (LCCD). Additional performance met-
rics, including freshwater production and resource recovery (i.e., salts)
are included in the analysis. Finally, the best-case scenarios for each
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Fig. 2. System boundaries for AGMD, evaporation ponds, deep well injection,
and concentrator systems are indicated by dashed lines. Inputs include
concentrate stream; materials needed for new infrastructure, system equipment,
and consumables; and energy inputs (i.e., electrical and thermal energy (LGH or
external source)). Recovery of potable water and salts are considered as value-
added products. System outputs include disposal of the remaining concentrate
or slurry. Decommissioning of the systems after their lifespan is not included in
the analysis.

system are identified and compared to assess if MD is a competitive
inland concentrate management system. The modeling framework can
be applied for decision-making of concentrate management systems
from brackish water desalination, produced water, and chemical and
mining industries. Furthermore, this research supports exploring novel
systems that reduce waste, increase recovery, and support water reuse
efforts.

2. Methodology

All systems were modeled with a treatment capacity of 3785 m®/day
(1 MGD) of RO concentrate; this capacity was selected because of
established system cost and manufacturing limitations for concentrate
management technologies [12,17]. Systems were modeled with a range
of salinities representing concentrate streams that have been investi-
gated for treatment using MD (i.e. RO concentrate from reclaimed water,
brackish water, or seawater; mining, oil and gas production, and other
industrial processes) [23,72-76]. The plant life for each system is
assumed to be 20 years, operating at 95 % capacity.

The boundaries of the concentrate management systems are shown
in Fig. 2. System inputs include energy and materials needed during
system construction and operation and maintenance (O&M). Recovered
products (potable water and salts) are included as outputs for the AGMD
and concentrator systems. End-of-life costs are outside of the scope of
the study.
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2.1. Modeling approach and system costing

Previously established models were used to assess the technical
performance of each system. The cost model for each system includes
capital (direct and indirect) and O&M costs. Direct capital costs include
materials and equipment (e.g., membrane modules, pond liner, con-
centrators, piping, pumps, etc.), land purchasing, and clearing. Indirect
capital costs refer to contingency, overhead, and engineering. O&M
costs include labor, chemicals and materials, replacement parts, and
energy. Costs were obtained from primary (i.e., literature and economic
trends) or secondary sources (i.e., communications with vendors, engi-
neering expertise, and manufacturer data). Indirect, control system, and
piping costs are assumed to be a percent of the total direct cost for all
systems [77].

2.1.1. Membrane distillation

The AGMD system was designed based on experimental data from
bench and pilot-scale testing performed at the Water Energy and Sus-
tainable Center at the University of Arizona and a previously established
and validated AGMD model [45,57,71]. The experiments and modeling
are based on a commercially available AGMD polytetrafluoroethylene
(PFTE) membrane module (Aquastill, Sittard, NL). Model inputs include
circulating flowrate, feed composition, operating temperatures, and
module characteristics (i.e., number of channels, module area, and
spacers). Therefore, the operating characteristics, including feed
salinity, can be varied to evaluate the feasibility of AGMD for treatment
of a wide range of feed streams. The circulating flowrates were selected
considering the maximum hydraulic pressure losses not to be exceeded
inside the module indicated by the manufacturer (600 mbar) and are
supported by experimental data and literature [68,71,78,79]. The
AGMD model assumptions include no heat loss to the environment, heat
of vaporization to be the only contribution to heat duty, and that the
concentrate stream is used for cooling, which is possible in AGMD
configurations (Fig. 1). The evaporator and condenser inlet tempera-
tures were fixed at 80°C and 30 °C, respectively, to maximize the
driving force, water vapor flux, and thermal efficiency according to
manufacturer specifications and best operating parameters for scale-up
projections of MD [45,78]. Model outputs include water vapor flux,
STEC, and GOR.

The water vapor flux (Jy, agmp; kg/mz/s) is given by

Jwmp = C*(AP) (@)

where C (kg/mz/s/Pa) refers to the membrane permeation coefficient
and AP (Pa) to the partial vapor pressure difference across the
membrane.

As MD utilizes mostly thermal energy to achieve the recovery of
distillate, specific thermal energy consumption (STEC, kWh/m®) and the
gained output ratio (GOR) are used as performance indicators. STEC is
defined as defined as the ratio of distillate produced to energy
consumed:

Onermal _ Ffezd*pfeed*CP*ATHx

STEC = —
Vaist 3.6%109%V 4y

(2)

where Qgerma is the heat consumed by MD, Fyeeq and Fyise (L/h) refer to
feed and distillate flow rates, pfeed (kg/m3) is the feed density, Cp (J/
kg-K) is the heat capacity of water, ATgx (°C) is the difference in tem-
perature between the inlet and outlet of the MD heat exchanger, and Viise
is the distillate production volumetric flow rate. A low STEC is desirable
as less energy is needed per unit volume of water produced. GOR is
defined as the ratio of distillate produced and the energy required to
convert 1 kg of water to steam:
Fuu*AH,

GOR = - 3)
Ffeed’. Cp AT
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where AH, (J/kg) is the enthalpy of vaporization. A higher GOR is
desired as values under one indicate no latent heat recovery. Although
AHv and density vary slightly depending on the salinity and tempera-
ture, the relationship between GOR and STEC can be simplified to
approximately 620 kWh/m® divided by the STEC:

AHy*ph,y 620

GOR = =
3.6*10°*STEC ~ STEC

(€3]

An initial survey of STEC was performed for modules with an active
membrane area of 7.2 and 26 m? (Supporting information Table S1).
Results agree with previous research where longer membrane envelope
lengths result in higher energy efficiency; therefore, the 26 m? module
was chosen in this analysis [45].

The water vapor flux, STEC, and GOR are inputs to the economic
model. Additional inputs for the techno economic model include but are
not limited to plant capacity, pumping energy, plant availability, ther-
mal energy source, hydraulic system, and pretreatment selection. Once
the water vapor flux, STEC, and GOR are calculated, the required
membrane area, number of modules, and system thermal energy needs
and heat exchanger area are determined. Changes in thermal energy
source (LGH or steam), circulating flow rates, salinity, membrane costs,
and pretreatment options are presented as system sensitives on process
costs.

Membrane module costs were obtained via personal communications
with the pilot system manufacturers [80]. The baseline cost model
considers the current market price for the 26 m? membrane module
($3000 USD). Based on manufacturer discussions, mass production of
membrane modules is projected to reduce module cost by 10-fold; thus,
a cost sensitivity was performed. Membrane replacement was estimated
to occur every 10 years according to manufacturer specifications and
priced as 10 %/year of the total capital costs for membrane modules
[78]. Heat exchanger costs for AGMD were calculated according to the
required system heating duty. Labor costs were determined by the vol-
ume of concentrate treated and estimated to be 0.03 $/m? [81]. The
AGMD system was assumed to be located at the end of the RO treatment
facility; therefore, pumping costs are limited to the circulation of the
brine stream. The selected pretreatment is ozonation with doses be-
tween 0.1 and 0.4 mg O3/mg DOC ratios have been reported to reduce
organic fouling potential by altering NOM size distribution and func-
tional groups, thus reducing foulant-membrane interactions [53,82].
Additional information on the pretreatment system, including dose se-
lection and cost correlations, is included in the supporting information
(Table S2).

2.1.2. Evaporation ponds

To model the evaporation pond system, pond filling (t) and satu-
ration times (t;) in days given by Egs. (5) and (6) were estimated through
an iterative process of varying evaporative areas and typical dike heights
[17]. Because the pond is filling while the concentrate evaporates, the
ratio between pond filling and saturation closest to unity was selected to
maximize continuous evaporation and minimize pond area and number
of ponds. The pond filling (t¢) time is a function of the pond volume (Vy,
m3), equilibrium concentration (Ce, mol/m3), initial concentration (Co,
mol/m3), and flow rate of the inlet stream (qo, m3/day):

B V,*C,

=== ()]
Co*qy

e

The saturation time (t;) is a function of the volume of concentrate at
the end of the drying process (Vg m?), initial volume of the pond before
drying (Vo, mg), surface area of the evaporation pond (A, mz), average
rainfall rate (R, m/day), evaporation rate of freshwater (Eo m/day), and
saturation concentration in the pond (Cgyt, mol/m®):

t = Vf*Vo
T AXR—-AXxEy(l - C)

(6)

The evaporation pond cost model inputs include capital (i.e., land,
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Table 1
General and system-specific financial assumptions used to develop the cost
models. All costs are presented in 2023 USD.

Attribute Value Unit Reference
Inflation rate (n) 3% Assumed
Interest discount rate (i) 10 % Assumed
Amortization factor (a) 12% ix(A+)n+=(Q+1)
n—1)
Land cost 1.44 $/m> [91]
Land clearing 0.25 $/m? [17]
Electricity cost 0.07 $/kWh [27]
Steam cost 0.14 $/m> [28]
Pump efficiency 70 % Assumed
Water market price 0.50-3 $/m° [20,92]
Water reservoir 76-95  $/m> [92]
Membrane distillation
Spares 0.05 $/m> [81]
Labor 0.04 $/m> [81]
Evaporation pond
Liner cost 3-15 $/m> [171
Concentrator
Concentrator energy 21-24 kWh/ [20,92]
consumption m>
Labor cost 40 $/h [771
Chemicals 0.0191  $/m? [92]
Spares and replacement 0.031 $/m> [92]
Table 2
Cost correlations used in the techno-economic model.
Attribute Equation Reference
General
Pump design Cepump = I x f1 x fa X L x 81.27(Q x p)*3° [771]
Concentrate Cpump = Hp Required * $Hp [93]
transport pump
$)
Storage reservoir CReservoir = 0.5 x Reservoir Cost [92]
€3] ($/m?) x Capacity (m®)
Piping and fittings Cpiping = 12.5 x CAPEX [94]
®
Engineering ($) Cgng=Cp x 0.1 [95,96]
Contingency ($) Ccontingeney = Cp % 0.1 [95-97]
Control System ($) Ccontrol = 5-10 % Cp [771
Indirect Auxiliary G =Cng + Ccontingency + Ccontrl
$)
Total capital ($) CAPEX =Cp + C;
Normalized capital Ncarex = CAPEX*a/PA x Plant Capacity (m®/
cost ($/m>) day) x 365
Normalized O&M Nos&m = O&M/PA x Freshwater recovery x 365
($/m*)
LCOW/LCCD Necarex + Nogm
($/m%
Membrane distillation
Heat exchangers Cix = 300 x Ay x 10.77 06997 [98]
$)
Steam HX ($) Crixsteam = Anx X HXsteam ($/m%) (811
Civil Work ($) Caivit = 12,253 x AR, [99]
Membrane modules  Cyjodule = Cost of module ($) x Number of
$) modules
Membrane Cmrep = 0.1 X Cpodule
replacement ($
yr-1)
AGMD labor and CAGMD-Labor-Spares = (SL. + Sg) X PA x Q x 365 [81]

spares ($yr-1)
Thermal energy ($) Crhermal = Thermal demand (kWh/m®) x steam

cost ($/ton) x PA factor x 365
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Table 3
Parameters used for the design of the concentrate management systems.

Membrane distillation

Operating feed flow rate 600-14,600 L/h

Feed salinity 15-140 g/L as NaCl
Membrane area 26 m?

Feed inlet temperature 80 °C
Condenser inlet temperature 30 °C
Membrane module cost 300-3000 usD
Thermal energy source LGH, steam

Evaporation pond

Feed salinity 15-140 g/L as NaCl
Evaporation rate 145 m/year
Deep well injection

Well diameter 16 cm
Well depth 305-2438 m
Transport distance 1.6-33 km
Concentrator

Concentrator flow rate 3785 m>/day
Feed salinity 6.3-250 g/L as NaCl
Recovery 85-98 %

earthwork, and liner) and O&M costs (i.e., slurry removal and water
quality monitoring). Land costs include pond evaporative area, roads,
fencing, and clearing and are calculated based on pond area, land value,
and land type [17]. Liner requirements and costs are estimated based on
liner thickness and evaporative area. The base-case cost model uses a
60 mm high-density polyethylene liner. Installation costs are calculated
according to liner thickness and are estimated at 0.1 $/mil thickness per
m? [17]. All capital costs use empirical correlations that include labor
and materials needed for the evaporation pond construction (i.e.,
fencing and roadways, control systems) and pumps. O&M costs include
general monitoring of the evaporation pond, transportation of the RO
concentrate to the pond and slurry removal at the end of the drying
process at a cost of 50 $/ton of slurry removed. The baseline for the
evaporation pond cost estimations uses a conservative pumping distance
of 0.40km (0.25 mi), as geo-mapping of various treatment facilities
using evaporation ponds in the southwestern U.S. indicate that water
treatment facilities with evaporation ponds are generally within
<0.5 km of the installations (i.e., Hayden Plant in Colorado, the Reverse
Osmosis Recharge Facility & Brine in Arizona and the Fred Hervey
Water Reclamation in Texas).

2.1.3. Deep well injection

The complex nature of deep well design depends on hydrogeologic
and policy constraints. A previously established cost modeling approach
for Class I wells was used as the basis for this analysis, with modifica-
tions including pumping and land costs [17]. A variety of representative
depths from 0.7 to 3 km that fall within typical well depths in the U.S.
were considered in this analysis [17]. The piping diameter was deter-
mined based on suggested downflow injection velocity recommenda-
tions ranging between 2.5m/s and 3m/s. Similarly, representative
distances were selected by reviewing current injection wells used for
concentrate disposal in the U.S. with similar characteristics [83].

Capital costs for DWI include mobilization and demobilization,
monitoring, drilling, grouting, casing, piping, packing seal (based on
well diameter), and pump equipment (based on transport distance) [17].
General O&M costs were calculated as a percent of the total capital costs
for the system in accordance with published values from the Kay Bailey
Hutchison desalination plant in El Paso, Texas, which has a similar
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Fig. 3. AGMD Water vapor flux and STEC as a function of operating flow rate for feed salinities of A) 15 g/L, B) 35g/L, C) 70 g/L, and D) 140 g/L as NaCl. Cor-
responding GOR and STEC are shown on the secondary axis. The system was modeled using a 26 m? active area PFTE module and evaporator and condenser inlet

temperatures of 80 °C and 30 °C respectively.

concentrate disposal capacity of three deep injection wells with a
maximum capacity of 11,356 m>/day (3 MGD, ~1 MGD per injection
well) and have the same Koppen-Geiger climate classification zone B for
dry climate [84]. General O&M expenses consider monitoring the in-
jection zone and physical and chemical pretreatment of the injectate to
account for potential mineral precipitation, injection tube clogging,
scaling, and fouling [17,19]. Pumping O&M costs depend on the
concentrate transport distance; representative distances were selected
by reviewing current injection wells used for concentrate disposal in the
U.S. with similar capacity and climate characteristics [85-87].

2.1.4. Concentrator

The concentrator design was based on a previously developed cost
estimation and vendor-available information from HPD-Veolia Water
Solutions [88]. The cost of commercially available equipment based on
capacity from 0.3 to 2.6 m®/min (86-694 gpm) and salinity (6.3-28 g/L)
were used to develop empirical cost correlation inputs for the cost
model. Capital costs for the concentrator include concentrator equip-
ment, pumping equipment, piping, and installation costs. O&M costs
include energy requirements, labor, spares and replacements, and
chemicals needed for cleaning based on a 180-day period [20]. The
concentrator was modeled with recoveries ranging from 85 % to 98 %.
Because concentrator equipment can reduce up to 98 % of the initial
feed volume [88], including a crystallizer would only benefit when a
potential profit analysis indicates that annual salt recovery would offset
crystallizer equipment and operational costs. Because of the low market

value for salts in the modeled solution [12], using a crystallizer was not
included in the concentrator system. Dry solid production from the
concentrator system for the feed salinities analyzed (6.3-28 g/L) ranges
between 26 and 118 metric tons per day. O&M costs for spares and
chemicals are assumed to be 1-3% of the concentrator equipment
[20,89]. Labor requirements were calculated according to equipment
type and are estimated to be approximately 10,236 man hours/year at
25 $/h [90]. The concentrator system is assumed to be located at the end
of the RO treatment facility. Therefore, pumping requirements were
considered as part of the existing infrastructure.

2.2. Life cycle costing

General and system-specific financial assumptions are summarized
in Table 1. Capital and O&M cost correlations are presented in Table 2.
All costs were brought to present-day values (2023 USD). The annual
inflation rate is assumed to be constant at 3 % over the plant life period
to calculate LCOW ($/m3) for systems that place value on water re-
covery (AGMD and concentrator) and LCCD for conventional concen-
trate management (DWI and evaporation ponds) to reflect the financial
implications of the resource disposal approach. System-specific cost
correlations for conventional concentrate management technologies (i.
e., evaporation ponds, DWI, and concentrator) are presented in detail in
the supporting information (Table S3).
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Fig. 4. Water vapor flux and LCOW as a function of operating flow rates for feed salinities of A) 15 g/L, B) 35 g/L, C) 70 g/L, and D) 140 g/L as NaCl. The solid line
refers to water vapor flux, while the dashed line refers to the LCOW. For LGH, the lowest LCOW occurs at 1600 L/h. The lowest LCOW depends on feed salinity and
circulating flow rate when an external thermal energy source is needed. For feed salinity up to 70 g/L, the lowest LCOW occurs at 1000 L/h, while at the highest
salinity (140 g/L), the lowest LCOW is a tradeoff between membrane area and energy requirements, and it occurs at 1300 (L/h).

2.2.1. Sensitivity analysis

Sensitivity analyses were performed to analyze the effects of variable
operating parameters on system performance (e.g., specific energy
consumption, levelized cost of disposal, etc.). Sensitivity parameters
were selected based on system variables that had the largest fractional
contributions to cost. Circulation rate, membrane module cost future
projections [80], and thermal energy source were selected as AGMD
sensitivities. Evaporation rate and pumping transport distance were
explored for the evaporation pond. Depth and concentrate pumping
distance were selected for DWI sensitivities. For the concentrator sys-
tem, salinity and recovery rater were considered. System-specific input
parameters and sensitivity ranges for each system are summarized in
Table 3.

3. Results and discussion
3.1. Membrane distillation

The AGMD water vapor flux, STEC, and GOR as a function of cir-
culation flow rate for different feed salinities is shown in Fig. 3. The
water flux decreases as the salinity increases because of the reduced
water activity, thus reducing the partial vapor pressure difference across
the membrane. In general, operating at higher circulating flow rates
reduces concentration polarization, resulting in an increased driving

force, decreased conductive heat loss (i.e., larger temperature gradient
across the membrane), and thus an increase in water flux. Similarly, the
STEC for each unique circulating flowrate increases with salinities up to
70 g/L. For example, at a fixed flowrate of 800 L/h and salinity of 140 g/
L the STEC is 4-fold higher than at medium salinities (70 g/L) and 11-
fold higher at low salinities (15g/L). For low to medium salinity
(15-70 g/L), increasing circulating flowrate results in an increased rate
of thermal energy consumption, thus reducing the driving force,
resulting in an increase in STEC; in other words, the lowest STEC occurs
at the lowest circulating flowrate. In contrast, at the highest feed salinity
of 140 g/L, the opposite trend is observed; a minimum STEC occurs at
the highest circulating flow rate because an increase in salinity requires
a larger temperature difference to overcome the decrease in vapor
pressure, which occurs at higher flow rates [45]. In other words, because
of the decreased partial vapor pressure of the feed stream at higher sa-
linities, more heat input (achieved by increased circulating flow rate) is
needed to increase the driving force and water production.

STEC and GOR are inversely correlated; as STEC increases, more heat
is required to achieve a given amount of water vaporization, resulting in
a decrease in GOR. For example, for feed salinities between 15 and 70 g/
L, the lowest STEC and highest GOR occur at the lowest circulating flow
rate of 800L/h. However, at the highest salinity, operating at low
circulating flow rates results in lower energy recovery and water fluxes;
therefore, the minimum STEC and maximum GOR occur at the highest
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Fig. 5. Contribution to total capital investment and annual O&M cost by components of the AGMD system. Results are grouped according to thermal energy source:
A) LGH and B) steam. Results shown represent the operating flow rate where the LCOW is minimized, for LGH this happens at a circulating flow rate of 1600 L/h and
for an external energy source at 1000 L/h for feed salinity up to 70 g/L and 1300 L/h for 140 g/L. The membrane subsystem, which includes membrane modules,
installation, heat exchangers, coolers, and circulating pumps comprise >60 % of the total capital investment for any system regardless of feed salinity or thermal
energy source. When LGH is available, membrane replacement has the largest contribution to O&M costs. When LGH is unavailable, introducing a thermal energy

supply subsystem contributes the most to O&M costs regardless of feed salinity.

circulating flow rate of 1600 L/h.

The water vapor flux and LCOW as a function of circulating flow rate
for different feed salinities and energy sources is shown in Fig. 4.
Regardless of the thermal energy source, an increase in salinity trans-
lates to a decrease in water vapor flux, an increase in required mem-
brane area, and an increase in LCOW. In cases where LGH is available,
operating at increased circulating flow rate is desirable as operational
costs associated with thermal energy supply are negligible and distillate
production is maximized, resulting in lower membrane area re-
quirements to meet the desired water production and an overall lower
LCOW. For example, when LGH is the energy source, operating at
1600 L/h results in a LCOW range from 0.90 $/m° to 1.51 $/m® with
increased salinity (15-140 g/L NaCl).

When steam is the thermal energy source, the desired operating
conditions are a tradeoff between energy efficiency (i.e., STEC and
steam purchased) and water production (i.e., water vapor flux and
membrane area). Operating at lower flow rates results in decreased
water vapor flux and higher STEC, thus increasing the total membrane
area and steam volume required. Conversely, operating at higher flow
rates results in increased water vapor flux and lower STEC, thus
decreasing total membrane area and volume of steam required.

For feed salinities of 15, 35, and 70 g/L, when steam is the thermal

energy source, the minimum LCOW occurs at 1000 L/h while at higher
salinity (140 g/L) the minimum LCOW occurs at 1300 L/h. When an
external thermal energy source is required, the LCOW ranges from 1.9 to
4.5 $,/m? for 15 and 140 g/L salinity, respectively. In general, operating
at increased feed salinities translates to increased operating costs
because of higher total membrane area requirements, higher STEC,
lower energy efficiency, and increased steam volume required. Beyond
the minimum LCOW flow rate, the economic advantages of lower
membrane area requirements, which reduce capital and module
replacement expenses (O&M), are offset by the increased costs associ-
ated with steam purchasing (O&M expenditure).

The fractional contribution to AGMD capital and O&M costs for
operating flow rates that result in a minimum LCOW is shown in Fig. 5.
Subsystems include land costs (i.e., purchasing and clearing), hydraulic
system (i.e., reservoir, piping, and feed pumps), AGMD system (i.e.,
membrane modules, installation, heat exchangers, coolers and circu-
lating pumps), and auxiliary costs (i.e., engineering, contingency, and
control systems). Because of the low water vapor flux and the high cost
of modules currently available in the market, the required membrane
area constitutes the largest portion of the capital investment for the
AGMD system and the total capital investment ranges from 65 to 67 % at
15g/L and 140g/L, respectively. O&M subsystems are grouped as
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Fig. 7. Levelized Cost of Concentrate Disposal LCCD in $/m3 for an evapora-
tion pond with dike height of 2.4m (8 ft) and minimal pumping distance of
0.4km (0.25 mi) as a function of evaporation rate and feed salinity. LCCD in-
creases with salinity and decreases at higher evaporation rates.

electric, thermal, membrane, and labor costs. In cases where LGH is
available, membrane replacement costs range from 87 to 92 % of the
O&M, the majority of the O&M costs, as thermal energy costs are
neglected. However, when LGH is not available, thermal energy re-
quirements are the main contributor to O&M. The thermal subsystem
energy requirements increase with feed salinity ranging from 60 to 80 %
for a feed stream of 15 and 140 g/L, respectively, while membrane
replacement contribution decreases to 19-51 % from low to high salinity
(15-140 g/L NaCl).

The LCOW as a function of feed salinity using projected costs of
membrane modules at mass production, with and without pretreatment
for prevention of organic membrane fouling, is shown in Fig. 7. Mass
production of membrane modules is projected to reduce the

contribution of module cost by 10-fold, which results in a 72-75%
decrease in LCOW when using LGH for low (15 g/L) to high salinity
(140 g/L), respectively, and a 34 to 52 % decrease in LCOW when using
steam as the thermal energy supply for low (15g/L) to high salinity
(140 g/L), respectively. Conversely, the integration of pretreatment in
the AGMD system results in a 6 to 10 % increase in current LCOW for
cases utilizing LGH and a 2 to 4 % increase in LCOW when steam is the
thermal energy source for low (15g/L) and high (140 g/L) salinity,
respectively. Because successful pretreatment could potentially reduce
membrane fouling, there is potential for longer operational periods be-
tween membrane maintenance and/or replacement, which could
translate into a reduction of the membrane subsystem O&M costs, thus
potentially offsetting the increase in LCOW. A similar outcome would be
expected for pretreatment and cleaning strategies that mitigate or pre-
vent scaling of the membrane modules. The membrane subsystem is the
major capital cost contributor regardless of thermal energy source. The
membrane subsystem is also the highest cost contributor to O&M, rep-
resenting the highest cost when LGH is available and the second highest
when steam is used. Therefore, improvement of membrane parameters
that advance performance, specifically enabling higher water vapor flux
and including pretreatment systems that prolong membrane life and
reduce membrane replacement rates could result in lower LCOW
(Fig. 6).

3.2. Evaporation ponds

The LCCD as a function of evaporation rate (1-5m/year), and feed
salinity (15-140 g/L of NaCl) for ponds with dike height of 2.4 m (8 ft)
and minimal pumping distance of 0.4 km (0.25 mi) is shown in Fig. 7.
Dike height was selected as the midpoint within typical recommended
dike depth ranges of 1.2-4m (4 to 12ft), to provide a conservative
estimation. Evaporation rate and feed salinity highly influence the cost
as they define evaporative area and volume of slurry to be removed at
the end of each drying cycle.

For a low salinity stream (15 g/L NaCl) an increase in evaporation
rate from 1 to 5 m/year decreases the LCCD from 5.33 $m°> to 1.47 $m>—
a by nearly 73 % decrease. While for the highest modeled salinity of
140 g/L increasing the evaporation rate from 1 to 5m/year results in a
decrease in L.CCD from 10.33 $/m"° to 6.7 $/m° (35% decrease); in both
cases the decrease of LCCD is a result of lower evaporative area re-
quirements at higher evaporation rates. Similarly at any fixed evapo-
ration rate, an increase in salinity results in a higher LCCD because of the
increase in volume of slurry to be removed at the end of the drying
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Fig. 9. LCCD for a DWI with capacity of 3785m%/day as a function of
concentrate pumping distance and well depth. LCCD increases linearly with
pumping distance and well depth because of larger excavation and operational
energy requirements as depth and distance increase.

process. Therefore, evaporation ponds are most cost effective at high
evaporation rates, lower salinities, and minimized concentrate volumes.
The best-case cost scenario for evaporation ponds at a LCCD of 1.47
$,/m? is for the scenario with the shortest concentrate transport distance
(0.4 km), highest evaporation rate (5 m/year), and lowest feed salinity
(15 g/L).

The fractional contribution to capital and O&M cost for an evapo-
ration rate of 5m/year, transport distance (0.40 km), and various feed
salinities is shown in Fig. 8. Capital cost for evaporation ponds is
comprised of land (purchasing and clearing), pump equipment, dike
excavation, liner (purchasing and installation), fencing, road, and
auxiliary costs. Liner costs have the highest contribution to capital costs

10

and range from 60 % to 67 % depending on feed salinity. General O&M
costs consist of slurry removal and concentrate transport energy re-
quirements. The volume of slurry at the end of the drying process has the
greatest effect on O&M and is proportional to the concentration of the
feed, making up to 99 % of the annual O&M expenses. Pumping energy
costs depend on the required distance to transport the concentrate,
detailed changes in pumping energy and cost requirements for different
concentrate transport distances are included in the supporting infor-
mation (Fig. S4).

3.3. Deep well injection

The LCCD for representative well depths as a function of concentrate
pumping distance are shown in Fig. 9. The LCCD for DWI increases
linearly with well depth and transport distance. Because well capacity is
defined by well diameter, geohydrological conditions that allow for
shallower wells are desirable as drilling, casing, and grouting costs in-
crease with well depth. The lowest LCCD for DWI is 1 $/m> when
pumping is not required for injection and transport is gravity-fed.
However, achieving transport by gravity is an improbable scenario
because of the minimum injection velocity. The best-case scenario
where the LCCD is the lowest at 1.09 $/m° is when the pumping distance
and well depth are minimized. Increasing pumping distance to the upper
limit of 35 km results in higher pumping equipment costs and required
energy for operation, thus increasing the LCCD by 156 % to 2.64 $/m°.
Increasing the well diameter has little impact on the overall LCCD. For
example, increasing the well diameter from 16 to 26 cm would almost
triple disposal capacity from 3785 to 10,600 m>/day (1.02 to 2.82 MGD)
in the best-case scenario, while only increasing the LCCD by 8 % from
1.09 to 1.19 $/m>. However, in the event of an increase in plant ca-
pacity, increasing the well diameter would enable an increased volume
of concentrate disposal, which would lower costs because of economy of
scale.

The fractional contribution to capital cost for each DWI subsystem
component is presented in Fig. 10. The largest contribution to capital
cost is for excavation, which includes drilling, casing, and grouting.
Casing has the highest cost, ranging from 12 % (0.75 km) to 17 % (3 km)
of the capital cost depending on well depth, is required by law for Class I
injection wells. The fractional contribution for all other DWI sub-
components costs ranges from 7 % to 14 %. The contribution to cost for
components other than excavation has little variation (~5-6 %) on the
capital investment. General O&M costs are calculated as a fixed
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percentage of the capital costs and have minimal impact on the LCCD.
Detailed costs for pump operation according to concentrate transport
distance variations are included in the supporting information (Fig. S4).

3.4. Concentrator

The LCOW for the concentrator system as a function of concentrator
recovery is shown in Fig. 11. LCOW decreases with increased recovery
because equipment costs are based on system capacity and remain
constant for the given feed salinities. From an economic perspective, the
best-case scenario is a concentrator working at full recovery (98 %),
which results in a LCOW of 6.2 $/m>

The contribution to capital cost and annual O&M by system

11

component is shown in Fig. 12. The main cost driver for capital costs in
all cases is the concentrator expenses, which include equipment and
installation. The high capital costs result from the need for high-quality
anti-corrosion materials and specialized installation needs of the
concentrator equipment.

Depending on recovery, the mechanical evaporator equipment and
installation costs represent 41 % of the capital investment each. The
O&M cost breakdown for the concentrator system is similar to the
AGMD system, where thermal energy requirements are the major
contribution to O&M with 79 % of annual expenses. The concentrator
system O&M costs represent 49 % of the LCOW for all modeled
concentrator recoveries. Although the concentrator system takes a
waste-to-resource approach, the high cost of equipment, special labor
requirements, and high energy requirements make concentrators the
least competitive option from an economic perspective.

3.5. System comparison

The LCOW, LCCD, and potential return on investment (ROI) for the
best-case scenario for each system are shown in Fig. 13. Results are
presented in ascending order of best-case scenarios. For systems with a
waste to resource approach (AGMD and concentrator), the LCOW is
compared and presented as a positive value contributing to resource
maximization. For the conventional concentrate management systems
that are based on resource disposal (DWI and evaporation ponds) the
LCCD is presented as a negative value to reflect the financial implica-
tions of the resource disposal approach.

AGMD with LGH has the lowest LCOW at 0.9 $/m?>, followed by
AGMD with steam at 1.93 $/m>. Although concentrators have the
benefit of recovering water, the LCOW is high at 6.2 $/m>. The lowest
LCCD is 1.09 $/m> for DWI with a minimal depth of 0.75 km, followed
by evaporation ponds with lowest transport distance and salinity and
highest evaporation rate at 1.42 $/m>. The LCCD are within range of
previous studies which have estimated evaporation pond and DWI
disposal costs below 10 $/m° and 2.5 $/m°, respectively [2,10,100].
However, for MD a broad spectrum of costs have been reported any-
where from 0.25 $/m? to 1.69 $/m® when waste heat is available and up
to 25 $/m> when an external energy source is needed
[2,64,81,101-103]. Similarly, brine concentrator cost estimates range
from 0.67 $/m> to 26.41 $/m°> with and without crystallizers
[2,100,104]. The wide range of reported costs is largely because of the
different system operating conditions such as system configuration,
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Table 4

Qualitatively comparison of AGMD to established concentrate management technologies for large scale across variable performance metrics. Icon grading scale from 1

to 4 refers to high consumption or cost.

System Capital cost Resource recovery Energy consumption Modularity Negative environmental effect
Membrane distillation @®00 0000 0000 o000 @000
Evaporation pond CY Tol® 0000 Y Tel®) 0000 @000
Deep injection well ®e00 0000 @000 0000 @000
Concentrator o000 o000e o000 0000 @000

plant capacity, operating temperatures, and concentrate characteristics.

Considering the potential profit for freshwater production from the
AGMD and concentrator systems, the ROI can be estimated by consid-
ering the market cost of water ranging between 0.5 and 3.1 $/m® [92].
The ROI for AGMD with LGH and steam would occur at the 12th and
17th years, respectively, for a low market cost of water ($0.5/m>);
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whereas the ROI for AGMD with LGH and steam would occur at
approximately the 2nd and 3rd year, respectively, for a high market cost
of water (3.1 $/m>). However, an ROI for the concentrator system would
only for the higher water market cost at the 9th year because of the
modeled system 20-year lifespan.

Selecting concentrate management technologies solely based on
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economic metrics neglects consideration of additional performance in-
dicators such as value placed on resource recovery (waste-to-resource
approach), energy demands, modularity, global applicability, and po-
tential for adverse environmental impacts. A qualitative comparison of
AGMD with the established concentrate management technologies is
presented in Table 4. Considering qualitative and quantitative assess-
ments, AGMD with LGH stands as a competitive alternative to conven-
tional concentrate management. Moreover, its waste-to-resource
approach not only offsets adverse environmental effects of water treat-
ment facilities on receiving environments but promotes water resource
management.

4. Conclusion

A techno-economic assessment was performed to compare AGMD to
conventional alternatives for concentrate management. The study re-
sults support the economic viability and competitiveness of novel
technologies such as AGMD in contrast to current industry practice.
Results demonstrate that AGMD is competitive to conventional systems
such as evaporation ponds and DWI when longer, more energy efficient
modules and LGH are used, resulting in a LCOW of 0.9 $/m°. In contrast,
the LCCD for evaporation ponds and DWI is 1.09 $/m3 and 1.47 $/m°,
respectively, and do not place value on resource recovery. Moreover,
AGMD’s profit potential via water production further reduces the LCOW
and increases AGMD competitiveness to conventional concentrate
management technologies.

While AGMD with LGH is a technical and economic alternative for
concentrate management, operational considerations such as circulating
flow rate and feed salinity, have a large influence on heat and mass
transfer in the system which impacts energy requirements, efficiency,
water production, and consequently LCOW. Furthermore, AGMD’s
LCOW increases with the addition of pretreatment strategies and when
an external thermal energy sources are required (up to 217 %). There-
fore, future techno-economic assessments focusing on the integration of
sustainable and renewable energy sources and various pretreatment
technologies that enhance AGMD’s performance is crucial.

Overall, the modeling framework developed in this study can be
adapted to site-specific situations for use in a wide range of hypersaline
waste streams and operating conditions from various industries and
applications. (e.g., mining, pharmaceutical, energy & oil, data centers),
which would aid in alleviating resource depletion by maximizing
resource recovery globally to promote water-energy circularity.
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